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Flow Regime Identification in a Fluidized Bed
Combustion Reactor

Rajan K. Thapa, Christoph Pfeifer and Britt M. Halvorsen

Abstract—A comprehensive 3D Computational Particle Fluid
Dynamic (CPFD) model is prepared to study the gas-solid
isothermal flow in a riser of a dual fluidized bed biomass
gasification system. The fluidizing gas is air, and the particles
are olivine, char, and their mixture. The isothermal
temperature of the particle and fluid flow is maintained at 1300
K. Bubbling, turbulent and fast fluidization regimes in the
reactor with their corresponding velocities are identified. The
bed inventory emptying method is implemented to find the
transport velocity. Average pressure drop and bed material
influx and out-flux are monitored at a wide range of gas
velocities to determine the stable flow regimes in the bed for
solid transport. The fluidization properties of the bed of olivine
particles differ significantly from the bed of the mixture of
olivine particles and char particles. Effects of the bottom,
primary and secondary air flows on the fluidization regime and
particle transport rate have been investigated.

Index Terms— CPFD, fluidized bed, fluidization regimes.

I. INTRODUCTION

Various thermo-chemical processes are used to extract
energy from biomass. Gasification is one of them. The
application of dual fluidized bed steam gasification system
has increased during the past two decades [1], [2]. The
system consists of a dual fluidized bed reactor which is
divided into two parts: gasification and combustion as shown
in Figure 1. The gasification reactor or gasifier is a bubbling
fluidized bed with high-temperature steam as fluidizing gas.
In this reactor, biomass is mixed with hot bed materials and
steam to produce a mixture of combustible gasses known as
product gas. The major compositions of the product gas are
methane, carbon monoxide, and hydrogen in addition to
some carbon dioxide and water vapor [3-6]. The gasification
reactions are endothermic and need external heat, which is
supplied by the combustion reactor.

In the combustion reactor, bed materials are heated by
burning residual char particles which are coming from the
gasifier along with the bed materials. The combustion reactor
is a circulating fluidized bed with air as a fluidizing gas. The
air also provides necessary oxygen for the combustion
process. Air is supplied to the reactor at three positions: one
at the bottom part of the reactor and two others are along the
height of the reactor, and they are called a bottom, primary
and secondary air respectively. The bottom air is supplied to
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maintain bubbling fluidization regime at the lower part of the
reactor whereas the primary and the secondary air transport
the bed materials from the combustion reactor to the
gasification reactor.
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Fig. 1. Principle of dual fluidized bed gasification system.

The fluidization regime of the riser is complex because it
maintains bubbling fluidization regime at the bottom part and
fast fluidization regime at the higher part of the reactor. In
some cases, the flow regime at the most top part of the reactor
can be even pneumatic transport regime depending upon the
feed rate of secondary air.

The two most important parameters of the system, bed
material temperature, and its circulation rate are affected by
the air flow and fluidization regime. In the combustion riser,
the solid flux is usually high (about 120 kg/(m? s)). This solid
flux is maintained at steady state by fast fluidization or
pneumatic conveying flow regimes [7]. The flow regime is
dependent on particle size, density, and composition as well
as fluid properties such as density and viscosity. Different
flow regimes provide different gas-solid mixing and
chemical reaction rates [8]. Understanding the flow regime in
the reactor is a key factor for successful design, scaling, and
optimization of the reactor.

The study of flow regime in a circulating fluidized bed has
a long history with various proposed flow regime maps.
Yerushalmi et al. have shown the transition between packed
bed, bubbling bed, turbulent and fast fluidization regimes in
the plot of bed voidage against superficial gas velocities [9].
Flow regime maps of gas-solid flow are also developed
plotting gas velocity against the solid flux [10]. Takeuchi et al.
performed experimental measurements to define the
boundaries of fast fluidization [11]. Hirama et al. extended
the flow diagram to transition from high velocity to
low-velocity fluidization regimes [12]. Bi and Grace
proposed unified flow regime diagram based on the
experimental findings. They have shown the relationship
between flow regimes for both gas-solid fluidization and the
co-current upward transport [13]-[15]. All of those flow
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regime maps are proposed for the beds of similar particles
and cannot be implemented for the combustion reactor in the
gasification system due to the following reasons. They do not
represent beds with a binary mixture which is the case in this
work; particle size distribution is not considered, and
experiments are carried out at ambient conditions without
taking into account high-temperature conditions. These
factors significantly affect the flow properties and change the
fluidization regime. For example, the wider particle size
distribution gives rise to smaller voids and earlier transition
from bubbling to turbulent regime [16]. When particles with
a larger size and lower density are mixed with the particles of
smaller size and higher densities, the minimum fluidization
velocity changes [17]. Change in minimum fluidization
velocity effects in the transport velocity and fast fluidization
velocity. High-temperature gasses have lower density and
higher viscosity. Change in density and viscosity changes
flow behavior in fluidized bed.

The combustion reactor operates at high temperature. The
particle temperature is about 950°C and fluid temperature is
even higher [18]. Understanding of flow regime requires
measurements of pressure, temperature and solid volume
fractions and solid flux. The measurements at high
temperature need strong safety consideration. In a particular
case, the measurements of solid volume fraction and solid
flux are very difficult in the hot reactors. It may be the reason
why the experimental investigations of the flow behavior of
high temperature operated circulating fluidized beds are rare
in publications [19]. Some authors scaled down the reactor to
work at the ambient conditions [20], [21]. They managed to
overcome the high-temperature problem. However, the
precise scaling requires the particles with a density more than
12000 kg/m?®, which are not easily found in the market. They
had to rely on the available bronze particles of density about
9000 kg/m®. The computational study of the flow regime
helps to overcome both of the problems. It is possible to solve
high-temperature flow with a wide range of particle size and
gas properties using Computational Particle Fluid Dynamic
(CPFD) models.

A 3D CPFD model is used to study the high-temperature
gas-particle flow regimes in a fluidized bed combustion
reactor. The reactor in the 8 MW biomass gasification plant
in Gussing, Austria is a reference for the current model.
Particles and gas properties as well as the flow and geometric
parameters are based on the plant data [22], [23]. The model
has two objectives: identification of parameters affecting the
flow regime with special focus in more sensitive transitions
and to investigate the effect of primary and secondary air feed
rate on flow regimes and particle transport process.

The flow regimes in a fluidized bed reactor are packed bed,
particulate fluidization, bubbling fluidization, slugging,
turbulent fluidization, fast fluidization, and pneumatic
transport which occur at increasing gas velocities. A range of
fluidization velocities specifies every regime of the
fluidization. Air is fed at three positions in the combustion
reactor which are known as the bottom, primary and
secondary air. Circulating fluidized beds of high solid flux
(about 120 kg/ (m?®s)) work at fast fluidization regime.

DETERMINATION OF FLUIDIZATION VELOCITIES
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However, the lower part of the combustion reactor in this
work has to be maintained in bubbling fluidization regime. It
is necessary to keep low air velocity (bubbling fluidization
regime) at the bottom for preventing leakage of air to the
3lgasification part through connecting chute. Leakage of the
air from combustion reactor to gasification reactor is
undesirable because it dilutes the product gas reducing the
calorific value.

A detailed study of the fluidization velocities from
minimum fluidization to pneumatic transport is necessary to
establish a big picture of flow regimes in the reactor. The
velocities are calculated using theoretical correlations. The
theoretical calculations give an approximation for the CPFD
model. Minimum fluidization velocity of the particles is
calculated using Equation 1. The equation is derived from
Ergun equation with gravity- equals - drag balance with Wen
and Yu simplification [24]-[26].
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For Geldart B particles, the bubbling velocity starts with
the minimum fluidization velocity. The bed has an aspect
(H/D) ratio about 22, which is comparatively high. Slugging
is possible in bed with an aspect ratio greater than 2. Slugging
produces a large pressure fluctuation in the bed resulting
reduced gas-solid mixing which is undesirable. However, for
the bed with large diameter (0.66m) with comparatively
small particles of Geldart group B, it is more likely to transfer
the fluidization regime from bubbling to turbulent [27]. A
plot of pressure drop against the superficial gas velocity gives
two distinct velocities U, and Uy in turbulent regime. U,
corresponds to the bed operating condition when the bubble
or slug reaches their maximum resulting significant pressure
drop [28]. Continuous increase in the gas velocity starts to
break up bubbles resulting in smaller pressure fluctuation
which makes the flow steady. The velocity in this state is Uy
The velocities are calculated using Equations 2 and 3
proposed by Horio [29]. Steady pressure fluctuation
maintains the constant rate of particle transport which is
essential for the uniform heat transfer process in the
gasification reactor.
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Further increase in the gas velocity leads flow to fast
fluidization. The velocity in this state is known as transport
velocity. The velocity is calculated by Equation 4 [15].

U, =1.53Ar% for2< Ar <4.10°

=1.46 Ar%*™ (3)

(4)

The final transition is from fast fluidization to pneumatic
transport. The transition velocity from fast fluidization to
pneumatic transfer is known as chocking velocity.

The bubbling bed is characterized by the solid
concentration about 0.45 - 0.25 whereas the turbulent bed is
characterized by the solid concentration from 0.25 and lower
[30]. The pneumatic transport regime occurs at the solid
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volume fraction less than 1%. Fast fluidization regime occurs
when the solid volume fraction is 5 - 15% at the lower part
and 1-5% at the upper part of the bed [31] . The theoretical
gas velocities of the olivine and char particles are calculated
and used as a starting value for the model simulation. At the
same time, the theoretical results are compared with the
computational prediction of the model.

I1l. MATHEMATICAL MODEL

In this work, a Computational Particle Fluid Dynamic
(CPFD) model have been implemented to simulate the
gas-solid flow with heat transfer and chemical reactions.
Commercial CPFD software Barracuda VR 15 is used for
simulation. The CPFD numerical methodology incorporates
multi-phase-particle-in-cell (MP-PIC) method [32]. The gas
phase is solved using Eulerian grid, and the particles are
modeled as Lagrangian computational particles. Gas and
particle momentum equations are solved in three dimensions.
The fluid is described by the Navier-Stokes equation with
strong coupling to the discrete particles. The particle
momentum follows the MP-PIC description which is a
Lagrangian description of particle motions described by
ordinary differential equations with coupling with the fluid
[33].

In the CPFD numerical method, actual particles are
grouped into computational particles, each containing a
number of particles with identical densities, volume, and
velocities located at a particular position. The computational
particle is a numerical approximation similar to the numerical
control volume where a spatial region has a single property
for the fluid. With these computational particles, large
commercial systems containing billions of particles can be
simulated using millions of computational particles.

IV. GOVERNING EQUATIONS

The volume averaged fluid mass,
equations are:

and momentum

0(2,P,U,)
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where &4, pgy and u, are gas volume fraction, density and

velocity respectively, p is gas pressure, g is the acceleration
due to gravity and 7 is stress tensor which can be expressed
in index notation as:
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where u is shear viscosity. The shear viscosity is the sum of
laminar shear viscosity and turbulence viscosity based on the
Smagorinsky turbulence model. In the model, large eddies
are directly calculated. The unresolved sub-grid turbulence is
modeled by using eddy viscosity. The turbulence viscosity is
given as:

p, =Cp,A? || L +—L W

where C is sub-grid eddy coefficient and known as
Smagorinsky coefficient.
MP-PIC method calculates the particle phase dynamics

using the particle distribution function (PDF), f, . A

transport equation is solved for the PDF. The transport
equation for f, is given by [34] is:

d_f+a(fpup)+a(prp) _ fo— f ®)
dt dx du 75

where u, is the particle

distribution function for the local mass averaged particle
velocity and zp is the collision damping time. A, is the

particle acceleration which is given by:

is particle velocity, fp
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In the equation above, ¢, is particle volume fraction, p,

p

is particle density, p,, is gas pressure, 7, is contact normal

p
stress. More details about the 7, can be found in (O’Rourke
and Snider, 2010). F, is the particle friction per unit mass
and D, is the drag function. The Wen-Yu drag model has
been implemented in this work [35].
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V. MODEL SETUP AND PARAMETERS

TABLE I: REACTOR DIMENSIONS

Dimensions Unit Value
Diameter m 0.66
Height m 12
Primary air inlet m 1
Secondary air inlet m 1.5
TABLE |l: PROPERTIES OF SOLID AND GASSES
Properties Units Value
Olivine particle size Hm 200-800
Olivine density kg/m? 2960
Char particles size mm 1-5
Char density kg/m® 200
Air density kg/m? 0.27
Air temperature K 1300
Air viscosity Pas 4940°

The dimensions of the reactor are the same as the
combustion reactor in the biomass gasification plant in
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Gissing, Austria. The basic dimensions are presented in
Table I.

The circulation system such as cyclone separator and
down-flow pipes are not involved. The aim is to study the
flow only in the riser. The properties of gas and solid particles
used in the model are presented in Table II.

VI. RESULTS AND DISCUSSIONS

The bed of three different particles olivine, char, and a
mixture of olivine and char were fluidized at increasing
superficial gas velocities. Pressure drops across the height of
the bed are monitored and plotted against the wide range of

the superficial gas velocities. The plot is presented in Figure 2.

The minimum fluidization velocities of char and olivine
particles have about the same value of 0.06 m/s. Theoretical
calculation of the corresponding velocities are 0.053 and
0.058 m/s respectively. The reason of the deviations between
the values is due the particle size distributions which are not
possible to consider in theoretical calculations. When the
olivine particles are mixed with the char particles, the
minimum fluidization velocity increases to 0.34 m/s. The
increase occurs when mixing only 1vol% of char particles
which is the case in the biomass gasification plant in GUssing.
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Fig. 2. Determination of minimum fluidization velocity.

The particles involved in this binary mixture have a
different size as well as density. The char particles have a
very lower density (200 kg/m®) in comparison to the olivine
particles (2960 kg/m®). The char particles have a large range
of size distribution (0.5mm-5mm) whereas the olivine
particles have size distribution 200pum to 800 pm.

It is believed that the bulk density and voidage are the main
factors defining the quality of fluidization. The minimum
fluidization velocity decreases with increasing temperature in
the bed. Minimum fluidization velocity of particles with a
wide range of size distribution varies with the fraction of
coarse particles due to different inter-particle forces. When
coarse particles are added in a bed of comparatively fine
particles, the voidage of the bed is increased significantly.
The solid volume fractions of all particles (olivine, char and
the mixture of olivine and char) at minimum fluidization
conditions are monitored, and the corresponding void
fractions are calculated. The void fraction of olivine, char and
the mixture of olivine and char are 0.44, 0.45 and 0.52
respectively. The highest value of void fraction in the mixture
is the primary reason for large increase in minimum
fluidization velocity. This result reveals that the study of flow
regimes of the combustion reactor without considering the
presence of coarse char particles gives a significant error.

The significant difference of minimum fluidization
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velocities between the bed of olivine particle and the bed of
the mixture of olivine and char particles indicates that there
should be the corresponding difference in transport velocities
as well. A simple method was used to determine the transport
velocities in which the bed inventory emptying time was
monitored at different gas velocities as shown in Figure 3. At
the gas velocity lower than 12 m/s the bed inventory
emptying time is large. The time required to empty the
mixture particles is 194 and 120 seconds at the superficial gas
velocities of 10 and 11 m/s respectively (Fig. 3a).
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When the gas velocity is increased to 12 m/s, the particle
emptying time is suddenly decreased to 30 seconds and does
not change significantly with the increasing gas velocity. It is
the beginning of fast fluidization regime of the bed, and the
velocity is the transport velocity. The transport velocities for
the bed of olivine and char particles give lower values of 2.6
m/s and 2.8 m/s respectively (Figure 3b). The transport
velocity is about 40 times the minimum fluidization velocity
for all the particles showing that the transport velocity is
dependent on the minimum fluidization velocity of the
particles in the bed.

Further investigations were continued only for the bed
with the mixture of char and olivine particles which is the
case in the combustion reactor of the dual fluidized bed
gasification system. A series of simulations were run to
investigate average pressure drop across the bed for a
constant solid influx at increasing superficial gas velocity.
Individual simulations were run for each of the solid feed
rates of 5, 10,..., 55 kg/s. The average pressure drops on the
bed were monitored at increasing dimensionless gas
velocities from 6u,s to 58 u.¢. The dimensionless gas velocity
is the ratio of superficial gas velocity to the minimum
fluidization velocity.

The average pressure drop across the height depends on the
solid influx (Fig. 4). The average pressure drop increases
with increasing solid influx and also varies with increasing
gas velocity up to particular value. First, the average pressure
drop increases continuously with increasing gas velocity and
then gradually decreases after attaining the highest value.
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Fig. 4. Average pressure drops vs. gas velocity.
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The variation in average pressure drop continues up to the
gas velocity of about 35 u.,s and then remains constant at the
higher gas velocities. The velocity in this case is equal to the
transport velocity. Above this gas velocity, there is no
variation in pressure drop. The pressure drop remains
constant for a given solid influx. The transport velocity is
independent of solid influx.

The influence of the average pressure drop variation on the
solid out-flux was also studied by monitoring the solid
out-flux at the same solid influx and varying gas velocities
which are presented in Fig. 5.
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Fig. 5. Solid out-flux vs. gas velocity.

The large variations in the average pressure drop are linked
to the fluidization regime change in the bed from bubbling
fluidization to turbulent. The significant variation in the
average pressure drop causes a large variation in solid
out-fluxes within that range of gas velocity. The particle
out-flux is greater than influx at the range of dimensionless
superficial gas velocities form 15 to 35. This range of gas
velocity should be avoided for a smooth and steady operation
of the riser. The major function of the riser is not only supply
bed material but also maintain its constant feed rate. Even the
upper part of the riser has fast fluidization regime; the lower
part should be in the bubbling fluidization due to the process
requirements. Therefore, particular attention should be given
to avoid this velocity range in the combustion reactor.

In Fig. 6, contours of particle volume fractions at
increasing air velocities are presented. The particles here are
the mixture of olivine and char. The contours are a snapshot
of the particle volume fraction. At the dimensionless
superficial air velocity of 10 the particle volume fraction at
the bottom of the reactor is significantly higher than the upper
part. At the outlet, the volume fraction is about 0.05%
indicating the very low outflow rate of the particles. With
increasing air velocity, the volume fraction at the bottom part
decreases while at the upper part it increases.

0.6 0.6 0.52 0.42 0.36 0.3712
0.54005 [0.541 0.4693 0.3792 0.325 0.33513

—0.4801 —0.482 -0.4186 —0.3384 -0.29 —0.29906
~0.42015 -0.423 ~0.3679 -0.2976 -0.255 ~0.26299
~0.3602 ~0.364 —-03172 ~0.2568 -0.22 ~0.22692
—0.30025 ‘ —0.305 ) | —0.2665 ‘ ~0.216 | o | —0.19085
: ! |
—0.2403 —0.246 ~0.2158 —0.1752 ~0.15 —0.15478
|
~0.18035 gl | ~0.187 | ~0.1651 ~0.1344 ;’ L —oa15 ~0.11871
“ ' . : ‘
. v
~0.1204 ' ‘ —o.128 | 0.1144 0.0936 | 0.08 —0.08264
N ' '
006045 0.069 0.0637 0.0528 0.045 004657 |
) |
0.0005 v 0.01 0.013 0,012 ; 001 | 00105 |
u/umr= 10 u/um =15 u/ume= 20 u/um = 25 u/ume= 30 u/ume = 35

Fig. 6. Contours of solid volume fraction vs. superficial air velocity.

The change in particle volume fractions at the lower and
upper parts of the bed are significant at an air velocity of 15,
20 and 25. However the particle volume fractions at the
bottom, and upper part of the bed is more uniform at a
dimensionless air velocity of 30, and it does not vary
significantly with further increasing the air velocity. The
results show the particle volume fraction is about 36% in the
dense part of the bed and 10% at the upper part of the bed
when the particle transport process becomes stable. Further
increase in gas velocity reduces the difference of particle
volume fraction at the upper and lower part of the bed.

The results of bubbling, turbulent and transport velocities
are used to determine the wide operating range of primary
and secondary air velocities in the reactor. The stability of the
gas-solid flow in the bed is studied at the constant solid influx
of 120 kg/(m?s) (feed rate 35 kg/s). The feed rate is selected
as in the Gssing plant.

Since the process requires the bottom part of the reactor to
remain at bubbling fluidization regime, the velocity of the
bottom air is fixed to 10 u.;. Separate simulations were run
for the increasing primary air while keeping the bottom air
flow velocity and the bed material feed rate constant. The
particle out flux was monitored with increasing primary gas
flow. The result is presented in Fig. 7.

40

35 A * - * * - -

30

Bed material outflow [kg/S]

25
40 45 50 55 60 65 70

Dimensonless primary air velocity,u/upy[-]

Fig. 7. Bed material outflow vs. air velocity.

At the dimensionless gas velocity less than 48, the bed
material outflow rate is less than the feed rate. When the
primary air velocity reached the value of 48, the bed material
inflow and outflow rate is equal. The bed material circulation
rate is constant and steady with further increase in primary air
velocity. The results show that much more gas feed is needed
for the steady transport of particles when the gas feed stream
are divided into the bottom air and the primary air.

The bed inventories at increasing primary air velocities are
presented in Fig. 8. The results shown in the figure are
recorded in 50 seconds of flow time.
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Fig. 8. Bed inventory vs. primary air velocity.

The results indicate that the bed inventory decreases with
increasing primary gas velocity.
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A series of simulations were performed to investigate the
effect of secondary air on the fluidization regime and particle
transport process. In this case, the bottom air as well as
primary air feed rate is kept constant in all simulations while
increasing the feed rate of secondary air. The velocity of the
bottom and primary air are 10uy,s and 48 un respectively.
Simulation results show that the secondary air flow has no
significant effect on the particle transport system as long as
the feed rate for the bottom and primary air are sufficient.

VIl. CONCLUSIONS

A series of simulation have been performed to identify the
various flow regimes in a combustor of a dual fluidized bed
gasification system. In addition investigation of the effect of
the bottom, primary and secondary air feed on the flow
regime and particle transport process was carried out. Three
groups of particles have been investigated: Olivine particle,
char particle and the mixture of olivine and char particles.
The minimum fluidization velocities of char particles, olivine
particles and their mixture are 0.06 m/s,0.06 m/s and 0.34 m/s
respectively with the corresponding transport velocities 2.6
m/s, 2.8 m/s and 12 m/s. The minimum fluidization and
transport velocities are found to increase dramatically when
two particles of different sizes and densities are mixed.

The average pressure drop across the bed height was
determined for the mixture of olivine and char particles at
various particle feed rates. The pressure increases and then
decreases before becoming stable at a gas velocity about 35
Ums. At this gas velocity, the solid out-flux also becomes
constant. The optimum bottom air velocity is about 10 Uy
and the optimum velocity of the secondary air flow is above
48 uns. The result shows that the total gas feed rate has to be
increased when the feed positions are split as the bottom and
primary air instead of single feed position as bottom air. The
bed inventory decreases with increasing primary air feed rate.
There is no significant effect on the particle transport rate
when secondary air is introduced to the bed as long as the
bottom and the primary air feed rates are kept sufficient and
constant.

NOMENCLATURE

Ar = Archimedes number
Dp = Drag function at the particle location
d, = particle diameter

F = rate of momentum exchange per volume between fluid
and particle phases

g = acceleration due to gravity
N, = numerical particles

N, =number of numerical particles
P = fluid pressure

P, = positive contact

193

Re = Reynolds number
S

e = interpolation operator

Uy = fluid velocity

U¢ = minimum fluidization velocity
U, = particle velocity

U, =transport velocity

Vé = element volume

V, = particle volume

Pp= particle density

Py = fluid density

&, = particCle volume fraction at close packing limit
&4 = fluid volume fraction

&p= particle volume fraction

74 = fluid stress tensor

T,= inter-particle normal stress
M = gas viscosity
@ = particle sphericity

Ep= particle volume fraction at close packing limit
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